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Description 

The invention relates to a process for producing polyethylene having a bimodal and/or broad molecular 
weight distribution in a multi-stage process. 
5 In certain applications, where films, bottles, cables and pipes are produced by extrusion or blow 
moulding, the polyethylenes having a narrow molecular weight distribution are not satisfactory because of 
their low melt flow properties and poor processability. Therefore different approaches have been suggested 
for manufacturing polyethylenes having a broad molecular weight distribution. 

One approach to widen the molecular weight distribution is to blend a low molecular weight ethylene 
10 polymer with a high molecular weight ethylene polymer either mechanically or in solution. However 
according to this method it is very difficult to achieve sufficient homogeneity and/or expensive equipment is 
necessary for solution mixing, which makes these methods uneconomical and unpractical. 

Attempts have been made to broaden the molecular weight distribution by a proper selection of 
catalysts. However the degree of broadening the molecular weight by this way is rather small. Also the 
75 activity of the catalyst tends to decrease quickly and therefore it is necessary to remove the catalyst 
residuals by washing. 

There are also known various multi-stage processes for broadening the molecular weight distribution by 
carrying out the polymerization with using different hydrogen concentration in each stages. This can be 
achieved either by polymerizing at a high hydrogen concentration at the first stage and at a low hydrogen 

20 concentration at the second phase, or vice versa. In the former case it is necessary to remove the 
unreacted gases and hydrogen after the first stage. In the latter case the conventional Ziegler-Natta 
catalysts tend to lose their activity during the progress of polymerization already at the first stage. The rate 
of polymerization, which is initially high, decreases at the second stage reactor because of the lowered 
activity of catalyst and high hydrogen concentration. As a consequence the residence time in the second 

25 stage becomes much longer than in the first stage. This means larger size of reactor at the second stage 
and difficulties in the control of the whole process. 

Different polymerization methods can be used in multistep processes. Known multistep processes are 
for example slurry-slurry processes, gas phase-gas-phase processes or slurry-gas phase processes. As 
examples of slurry-slurry processes can be mentioned US 3 592 880, EP 057 420, EP 237 294, GB 2 020 

30 672, US 4 352 915 and EP 057 352. As examples of gas phase-gas phase processes GB 1 505 017, EP 
040 992 and US 4 420 592 can be mentioned. As examples of slurry-gas phase processes GB 1 532 231, 
US 4 368 291 , US 4 309 521 , US 4 368 304 and EP 283 512 can be mentioned. 

The present invention relates to a multi-stage process, in which slurry-gas phase process is used. 
Therefore the last mentioned group of patent publications is reviewed here with more detail to clarify the 

35 state of the art in this field. 

GB 1 532 231 discloses a two-step liquid-gas phase process, where in the first stage an olefin is 
polymerized in liquid monomer. The liquid phase is partially separated from the polymer and the resulting 
concentrated mixture is transferred to the gas-phase reactor. Because in the slurry phase according to this 
publication the polymerization is carried out in liquid monomer, it is evident that this process cannot be 

40 used for ethylene polymerization. Another disadvantage in this process is the formation of solution of low 
molecular weight polymer in liquid monomer which causes problems related in product stream handling. 

US 4 368 291 discloses a two-step liquid-gas phase process, in which an olefin is polymerized in liquid 
hydrocarbon medium in a stirred tank type reactor. After the first polymerization step the mixture containing 
polymer particles and liquid hydrocarbon is as a whole transferred to the gas-phase reactor. One 

45 disadvantage of this process is that a great amount of hydrocarbon medium used in the first step is 
transferred to the gas-phase reactor disturbing polymerizing conditions there. The molecular weight control 
is also difficult in a conventional stirred tank reactor. Separation of heavier diluent is also more difficult and 
uneconomical. 

US 4 309 521 and US 4 368 291 concern special catalysts, which can be used in liquid-gas-phase 
so processes. These publications do not afford any useful information about the processes as itself. 

Lastly EP 283 512 concerns a multi-stage process using certain specified catalyst. According to this 
publication liquid propylene or other liquid olefin is first prepolymerized in a liquid-phase reactor, for 
example in a loop reactor, the residence time being from 10 seconds to 400 seconds, after which the 
polymerization mixture as a whole is transferred to a gas-phase reactor, where polymerization is continued 
55 in gas phase. This process is thereby similar as GB 1 532 231 mentioned above and the process cannot be 
used in ethylene polymerization. The loop reactor step is merely a prepoiymerization step. This patent 
publication is referred here only, because a loop reactor is mentioned in connection with a gas-phase 
reactor. 
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This invention is based on a surprising discovery, that by using a loop reactor polymerization in inert 
low-boiling hydrocarbon (so-called light diluent process) together with gas-phase polymerization it is 
possible to achieve special advantages, which could not be possible by using conventional slurry-phase 
polymerization together with gas-phase polymerization. 

5 Accordingly it is an object of the invention to provide a process, which permits manufacturing 
polyethylene, which has bimodal and/or broad molecular weight distribution and has therefore excellent melt 
characteristics and extrusion or mould properties. This is because the use of a loop reactor compared to 
conventional stirred reactors gives better heat transfer from the reaction mixture and therefore more even 
temperature profile and a higher slurry density and therefore better mixing. 

10 Further the use of loop reactor permits shorter residence times and as a consequence the catalyst has 
no time to inactivate considerably and the catalyst transferred to the gas-phase reactor is still very active. 
The use of a loop reactor also makes possible higher polymer melt flow index, because in a loop reactor 
higher hydrogen concentrations can be used and therefore it is possible to achieve more narrow molecular 
weight distribution in the product of slurry phase. A short residence time in combination with the flexibility of 

15 a gas phase reactor permits to manufacture a product with lower density and more easier quality changes. 
Further the use of a loop reactor in combination with one or more gas-phase reactors allows the use of 
various catalysts and thereby flexibility in selection of catalysts. 

These objects are achieved in the multi-stage process according to the invention for producing 
polyethylene having a bimodal and/or broad molecular weight distribution in the presence of an ethylene 

20 polymerizing catalyst system in a multistep reaction sequence, in which the first reaction step is a liquid 
phase polymerization step and the subsequent reaction steps are one or more gas-phase polymerization 
steps. According to the invention in the first reaction step ethylene is polymerized in a loop reactor in an 
inert hydrocarbon medium with a residence time of at least more than 10 minutes, the reaction mixture is 
discharged from the loop reactor and at least the inert hydrocarbon medium is removed from the reaction 

25 mixture and the polymer is transferred into one or more gas-phase reactors, where the polymerization is 
completed in the presence of ethylene monomer and optionally hydrogen and/or comonomers. 

Generally any polymerization catalyst suitable for production of ethylene polymers can be used in the 
process according to the invention. Such catalysts are for example Ziegler-catalysts, which contain a 
transition metal selected from groups IV, V or VI of the Periodic Table, used together with a cocatalyst, 

30 usually an alkyl aluminium compound. Preferable transition metal is titanium and the catalysts may be 
unsupported or supported on an inorganic carrier such as silica, alumina or silica-alumina. 

Preferable catalysts are for example those disclosed in Finnish patent applications 905430, 902123, 
901895, 900842, 906323, 905703,895526, 894266, 893621, 892153 and 872459. However it is to be noted 
that the process according to the invention is not a catalyst specific process and therefore any catalyst 

35 giving appropriate activity and a controllable molecular weight can be used in the process according to the 
invention. The polymerization in the first step is carried out for producing polymer having an increased melt 
index, and in the subsequent steps ethylene or ethylene and comonomers are polymerised for producing 
ethylene homopolymer or copolymer having a lower melt flow index and lower density. 

The first step in the process according to the invention is carried out in a loop reactor, into which inert 

40 hydrocarbon medium, ethylene, hydrogen, catalyst and optional comonomer are fed. The loop reactor can 
be of conventional design, which includes means for feeding various feed components to the reactor, 
means for circulating the polymer-hydrocarbon suspension through the reactor, heat transfer means for 
removing heat of polymerization and means for discharging polymer slurry from the reactor. 

As a polymerization medium an inert low-boiling hydrocarbon can be used. Examples of the hydrocar- 

45 bons are aliphatic hydrocarbons, such as propane, butane, pentane, hexane, heptane and octane and 
alicyclic hydrocarbons such as cyclohexane and cycloheptane. It is also possible to use a mixture of any of 
the hydrocarbons mentioned above. 

The catalyst, preferably as a hydrocarbon slurry and together with a cocatalyst, inert hydrocarbon 
medium, ethylene, hydrogen and optional comonomer are fed continuously to the loop reactor. The reaction 

so mixture is continuously circulated through the reactor, whereby a slurry of particle form polyethylene and 
inert hydrocarbon is formed. The loop reactor conditions are selected so that at least 20%, but preferably 
40-90% of the total production is polymerized in the loop reactor. The temperature is usually selected 
between 75-110 0 C, preferably between 85-100 °C. Higher temperatures can also be used provided that 
the temperature remains below the melting point of the polymer under the prevailing reactor conditions. The 

55 reactor pressure can be selected between 40-90 bar, preferably between 50-65 bar. The residence time 
should be at least 10 minutes, but preferably between 1-2 hours. The molar ratio of hydrogen to ethylene is 
selected depending among others on the melt index of the product desired, but in the manufacture of 
bimodal polyethylene it will be between 0-1.0, preferably between 0-0.5 mol/mol. 
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Special advantages can be achieved if a hydrocarbon, preferably propane, under supercritical condition 
is used as inert hydrocarbon medium. This means that the reaction is carried out in such conditions, in 
which the temperature and the pressure are above the corresponding critical points of the reaction mixture 
formed by ethylene, propane, hydrogen and optional comonomer, but the temperature is lower than the 
5 melting point of the polymer formed. Thereby the temperature in the loop reactor will be between 85-110 
• C and the pressure between 60-90 bar. 

By using supercritical propane phase it is possible to use higher hydrogen concentrations as would be 
possible in subcritical conditions or by using isobutane or other hydrocarbons. The product has lower 
solubility and the separation of the hydrocarbon (propane) and hydrogen by flashing technique is more 
10 easy. In supercritical conditions there is in the reactor practically one single reaction fluid, where no 
separate liquid and gas phases can be detected, and this gives good heat transfer, free mixing of gas 
components in the fluid and a low viscosity of the reaction medium. 

The reaction mixture is removed from the loop reactor either continuously or intermittently by 
conventional means. The inert hydrocarbon mixture as well as comonomer and hydrogen, if present, is 
75 removed from the polymer particles by conventional means, for example by flashing technique. The 
hydrocarbon medium, remaining monomers and hydrogen can be recycled back to the loop reactor. 

The concentrated polymer mixture is then fed to a gas-phase reactor. This reactor can be a 
conventional fluidized-bed reactor, although other types of gas-phase reactors can also be used. In the 
fluid-bed reactor the bed comprises formed and growing polymer particles as well as catalyst components. 
20 The bed is kept in fluidized state by introducing gaseous components, such as ethylene monomer at a 
velocity enough to cause the particles act as a fluid. The fluidizing gas can include also inert carrier gases, 
such as nitrogen and also hydrogen, if desired as a modifying component. 

The gas-phase reactor used in the second phase can be operated at a temperature range of 60-115 
°C, preferably 70-110 °C. The pressure can be within the range of 10-25 bar the partial pressure of 
25 ethylene being 1-20 bar. The molar ratio of hydrogen to ethylene is preferentially lower than in the loop 
reactor. Thereby the hydrogen concentration in the gas-phase reactor can be between 0-10 mol-%. 

It is also possible to feed various gaseous comonomers to the gas-phase reactor, if desired. These 
comonomers include for example propylene, 1-butene, pentene, 1-hexene, 1-octene or 4-methyl-1-pentene. 

It is also preferable to use such gas-phase reactor, which is equipped with a mixer. It helps to keep the 
30 reactor surfaces clean and improves gas distribution into the reactor. 

The invention is not limited to a two-stage process. Instead of one gas-phase reactor it is possible to 
use two or even three gas-phase reactors after the loop reactor. 

The configuration of the process according to the invention is further illustrated by the Figure enclosed, 
in which a loop reactor is marked by reference number 1 0. The catalyst is fed from a catalyst reservoir 1 1 
35 with the aid of a catalyst feeder 12 through the catalyst transfer line 13 to the loop reactor 10. Ethylene 
from line 14, low-boiling hydrocarbon from line 15, hydrogen from line 16 and optional comonomer from line 
17 are fed to the loop reactor 10 through line 18. In the loop reactor 10 the reaction mixture is circulated by 
proper circulation means (not disclosed) and at the same time polymerization heat is removed by cooling 
the reactor or the reaction medium with a cooling system (not disclosed). 
40 From the loop reactor 10 the polymer-hydrocarbon mixture is fed to a flash separator 20, through which 
one or more discharge valves 19 and a product discharge line 21. The hydrocarbon medium, remaining 
monomer and comonomer and hydrogen separated from the polymer particles are removed from the flash 
separator 20 through line 23 either to the diluent recovery system (not disclosed) through line 24 or 
recycled back to the loop reactor 10 through line 25. The polymer particles are removed from the flash 
45 separator through line 22 to the gas-phase reactor 30. 

In the lower part of the gas-phase reactor 30 there is a bed of polymer particles, which is kept in 
fluidized state by blowing gaseous monomer, comonomer and hydrogen from line 32 to the bottom of the 
reactor 10 and through the gas distribution plate 31. Gaseous components are continuously removed from 
the top of the reactor 30 and recycled through a cooling device 35, compressor 36 and line 37 and line 32 
50 back to the bottom of the reactor 30. The reactor can be equipped with a mechanical stirrer 38 in order to 
keep the reactor surfaces clean. The product is removed intermittently or continuously from the gas-phase 
reactor 30 through line 39 to the product recovery system (not disclosed). 

Although only one gas-phase reactor has been illustrated in the Figure, it is evident that it is possible to 
use two or even three gas-phase reactors in the process according to the invention as long as the first 
55 polymerization step is carried out in a loop reactor according to the claims. 

The invention is further illustrated by the following examples. 
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Examples 1-8 

In a two-phase polymerization of ethylene it was used a pilot-scale loop reactor having a capacity of 
about 50 kg/h and a gas-phase reactor having a capacity of about 75 kg/h including also the product 

5 coming from the loop reactor. In addition to ethylene it was used 1-butene as a comonomer in the loop 
reactor and 1-butene and 1-hexene in the gas-phase reactor. Hydrogen was used as a modifier. The 
catalyst added to the loop reactor was prepared according to example 1 in PCT-application F190700279. 
Propane and isobutane were used as a reaction medium in the loop reactor. 

The gaseous components from the product coming from the loop reactor were removed into a flash 

10 tank, after which the product was transferred to the gas-phase reactor, where the polymerization was 
continued. Only loop reactor polymerization was studied in examples 2, 3, 7 and 8. The polymerization 
conditions and the product properties are disclosed in the following table. 
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TABLE 
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c 
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Reactor 




















Hydrocarbon 


c ? 


lC 4 


C 3 


C ? 






iC, 


iC, 




Production rate (kg/h) 


24 


17 


14 


20 




30 


18 


20* 




Catalyst feed (g/h) 


12 


2 


8 


15 


4 


6 


20 


8 


15 


Catalyst activity (kg/gcat) 


2.0 


8.5 


1.8 


1.3 


5.4 


6.0 


0.9 


2.5 




Temperature fC) 


95 


95 


85 


85 


75 


95 


92 


91 




Critical temperature (° C) 


85 


















Pressure (bar) 


65 


47 


65 


65 


65 


50 






20 


Critical pressure (bar) 


50 
















Ethylene concentration (mol-%) 


7.6 


8.7 


7.8 


6.8 


7.1 


8.5 








Hydrogen concentration (mol-%) 


1.9 


1.0 


1.2 


0.7 


1.5 


1.8 








1-Butene concentration (mol-%) 


0.0 


0.0 


7.6 


7.5 


11.7 


0.0 








Residence time (h) 


0.5 


1.2 


1.7 


1.1 


1.0 


1.3 








Product density (kg/nr) 


978 


967 


944 


929 


943 


971 


936 


935 


25 


Melt flow index MFR 2 


96 


8 


260 


150 


148 


140 


1.7 


0.2 




DfM^/M,,) 




3.5 




4.0 












Gas-phase reactor 




















Production rate (kg/h) 


25 






10 


29 


27 






30 


T<*mTV»rafnre fC*\ 


85 






75 


75 


85 






Pressure (bar) 


20 






20 


20 


20 








Ethylene concentration (mol-%) 


10 






15 


31 


10 








Hydrogen concentration (mol-%) 


0.8 






3.0 


8.1 


0.1 








1-Butene concentration (mol-%) 


0.8 






3.8 


7.8 


0.0 








1-Hexene concentration (mol-%) 


0.0 






0.0 


0.0 


0.9 






35 


Residence time (h) 


3.7 






5.4 


6.8 


2.5 








End Product 




















Production rate (kg/h) 


49 






30 


31 


57 








Catalyst activity (kg/gcat) 


4.0 








12.5 


11.4 






40 


Product density (kg/nr ) 


948 






929 


928 


955 








Melt flow MFR, 




















Melt flow MFR~- 


0.6 






0.7 


0.S 


0.8 








D(M W /M /J ) 


12 






9 




23 







45 



50 



Pipe pressure test 

5.3 MPa 

4.6 Mpn 

D = molecule weight distribution (M M ,/M /? ) 
C ? = propane 
iC ? = isobutane 
MFR = melt flow rate 



>320O* 
>2200- 



With the process according to the invention it can be manufactured bi modal products having a 
55 controllable molecular weight distribution D (IvVMn). In the examples 1, 4 and 6 the molecular weight 
distributions D of the products were 12, 9 and 23. According to the invention even more wide range can be 
achieved. In normal unimodal products the corresponding D-values when Ziegler-type catalysts are used, 
are usually 3,5-6. In the process according to the invention the loop reactor produces products having a 
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narrow molecular weight distribution. The D-values 3.5-4.0 measured in examples 2 and 4 are typical 
values. 

From the products manufactured in examples 5 and 6 it was extruded pipes the processability being 
good. The pipes of example 6 were pressure tested by keeping the pipes in pressures of 5.3 and 4.3 MPa 

5 over 3200 hours (the tests still continuing), which shows good pipe strength. It is not possible to 
manufacture pipes having comparable properties from unimodal polyethylene. 

The loop reactor process makes possible to use high hydrogen concentration, especially when 
supercritical propane is used as diluent. As observed when the examples 1, 5 and 6 were carried out, no 
formation of gas bubbles was detected. Melt flow index MFR 2 can be even as high as 260 without any 

w problems (Example 3). 

With loop reactor it is possible to produce products having low density when supercritical propane is 
used as a diluent. The critical temperature of propane alone is about 92 °C and the critical pressure is 
about 45 bar (g). In the conditions of Example 1 the critical temperature was about 85 ° C and the critical 
pressure about 50 bar (g), which means supercritical conditions. When other hydrocarbons are used as 

75 reaction medium, the solubility prevents to achieve a density below about 945 kg/m 3 (hexane diluent) or 
below about 935 kg/m 3 (isobutane diluent). According to example 4 it is possible to achieve a density of 929 
kg/m 3 the melt flow being very high (MFR 2 = 150) without plugging of the reactor. When the example 7 
was carried out it was observed that by using isobutane as diluent the reactor plugged the density being 
936 kg/m 3 and the melt flow index MFR 2 being 1.7. When isobutane was used as the diluent, it was 

20 possible to achieve a density of 935 kg/m 3 melt flow index MFR 2 being lower (0.2), as example 8 shows. 

Claims 

1. Multi-stage process for producing polyethylene having a bimodal and/or broad molecular weight 
25 distribution in the presence of an ethylene polymerizing catalyst system in a multistep reaction 

sequence, in which the first reaction step is a liquid phase polymerization step and the second reaction 
step is formed by one or more gas-phase polymerization steps, characterized in that in the first 
reaction step ethylene is polymerized in a loop reactor (10) in an inert low-boiling hydrocarbon medium 
the residence time being at least 10 minutes, reaction mixture is discharged from the loop reactor (10) 
30 and at least the inert hydrocarbon mixture is removed from the reaction mixture and the polymer is 
transferred into one or more gas-phase reactors (30), where the polymerization is completed in the 
presence of ethylene and optionally hydrogen and a comonomer. 

2. A process according to claim 1, characterized in that the polymerization in the first step is carried out 
35 for producing polymer having an increased melt index, and in the subsequent steps ethylene or 

ethylene and comonomers are polymerized for producing ethylene homopolymer or copolymer having 
a lower melt flow index and lower density. 

3. A process according to claims 2, characterized in that the ratio of hydrogen to ethylene in the first 
40 step is within the range of 0-1 mol/mol, preferably within 0-0.5 mol/mol. 

4. A process according to any of the preceding claims, characterized in that the inert hydrocarbon 
medium is selected from the group comprising propane, butane, pentane, hexane, heptane and octane. 

45 5. A process according to claim 4, characterized in that the inert hydrocarbon medium is propane. 

6. A process according to any of the preceding claims, characterized in that the polymerization in the 
loop reactor (10) is carried out at a temperature of 75-110 *C and at a pressure of 60-90 bar. 

50 7. A process according to any of the preceding claims, characterized in that the polymerization in the 
loop reactor (10) is carried out under supercritical conditions, whereby the polymerization temperature 
and pressure are above the corresponding critical points of the mixture formed by hydrocarbon 
medium, monomer, hydrogen and optional comonomer and the polymerization temperature is lower 
than the melting point of the polymer formed. 

55 

8. A process according to claim 7, characterized in that the polymerization in the loop reactor (10) is 
carried out at a temperature of 85-110 *C and at a pressure of 40-90 bar. 
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Patentanspruche 

1. Mehrstufiges Verfahren zur Herstellung von Polyethylen mit einer bimodalen und/oder breiten Moleku- 
largewichtsverteilung in Gegenwart eines Ethylenpolymerisationskatalysatorsystems in einer mehrschrit- 

5 tigen Reaktionsfolge, bei der der erste Reaktionsschritt eine Polymerisation in Flussigphase darstellt 
und der zweite Reaktionsschritt aus einem oder mehreren Polymerisationsschritten in der Gasphase 
besteht, dadurch gekennzeichnet, daB man im ersten Reaktionsschritt Ethylen in einem inerten, 
leichtsiedenden Kohlenwasserstoff als Reaktionsmedium in einem Schlaufenreaktor (10) bei einer 
Verweiizeit von mindestens 10 Minuten polymerisiert, das Reaktionsgemisch aus dem Schlaufenreaktor 

10 (10) ablaBt, zumindest das inerte Kohlenwasserstoffgemisch abtrennt, das Polymerisat in einen oder 
mehrere Gasphasenreaktoren (30) uberfuhrt und dort die Polymerisation in Gegenwart von Ethylen und 
gegebenenfalls Wasserstoff und einem Comonomeren zu Ende fuhrt. 

2. Verfahren nach Anspruch 1, dadurch gekennzeichnet, daB man die Polymerisation des ersten Schritts 
75 auf ein Polymerisat mit einem erhohten Schmelzindex abstellt und in den anschlieBenden Schritten 

Ethylen bzw. Ethylencomonomere zu einem Ethylenhomo- bzw. -copolymerisat eines niedrigeren 
SchmelzfluBindex und einer niedrigeren Dichte polymerisiert. 

3. Verfahren nach Anspruch 2, dadurch gekennzeichnet, dafi im ersten Schritt das Verhaltnis von 
20 Wasserstoff zu Ethylen bei 0 - 1 mol/mol, vorzugsweise 0 - 0,5 mol/mol liegt. 

4. Verfahren nach einem der vorhergehenden Anspruche, dadurch gekennzeichnet, daB man als Reak- 
tionsmedium einen inerten Kohlenwasserstoff aus der Gruppe Propan, Butan, Pentan, Hexan, Heptan 
und Octan einsetzt. 

25 

5. Verfahren nach Anspruch 4, dadurch gekennzeichnet, daB man Propan einsetzt. 

6. Verfahren nach einem der vorhergehenden Anspruche, dadurch gekennzeichnet, daB die Polymerisa- 
tion im Schlaufenreaktor (10) bei einer Temperatur von 75-110 *C und bei einem Druck von 40 - 90 

30 bar erfolgt. 

7. Verfahren nach einem der vorhergehenden Anspruche, dadurch gekennzeichnet, daB die Polymerisa- 
tion im Schlaufenreaktor (10) bei uberkritischen Bedingungen erfolgt, wobei die Polymerisationstempe- 
ratur- und Druckwerte uber den entsprechenden kritischen Punkten des aus Kohlenwasserstoff, Mono- 

35 mer, Wasserstoff und gegebenenfalls Comonomer gebildeten Gemischs liegen, die Polymerisations- 
temperatur dabei aber unter dem Schmelzpunkt des gebildeten Polymerisats liegt. 

8. Verfahren nach Anspruch 7, dadurch gekennzeichnet, daB die Polymerisation im Schlaufenreaktor (10) 
bei einer Temperatur von 85-110 °C und bei einem Druck von 60 - 90 bar erfolgt. 

40 

Revendications 

1. ProcSde* de production de polyethylene en plusieurs Stapes, presentant une repartition de poids 
moleculaire bimodale et/ou large en presence d'un systeme catalyseur de polymerisation d'ethylene 

45 dans une sequence de reaction en plusieurs etapes, dans laquelle la premiere 6tape de reaction est 
une etape de polymerisation en phase liquide et la seconde etape de reaction est formee par une ou 
plusieurs etapes de polymerisation en phase gazeuse, caracteVise* en ce que dans la premiere etape de 
reaction, I'ethylene est polymerise dans un reacteur en boucle (10) dans un agent d'hydrocarbure 
inerte a faible point d'ebullition, le temps de sejour etant au moins de 10 minutes, le melange reaction 

so est decharge du reacteur en boucle (10) et au moins le melange d'hydrocarbure inerte est enleve du 
melange reactionnel et le polymere est transfere dans un ou plusieurs reacteurs en phase gazeuse (30) 
ou la polymerisation s'effectue en presence d'Sthylene et facultativement d'hydrogene et d'un comono- 
mere. 

55 2. Procede selon la revendication 1, caracterise en ce que la polymerisation dans la premiere etape 
s'effectue pour la production de polymeres ayant un indice de fusion accru et dans les Stapes 
suivantes I'ethylene ou Tethylene et les comonomeres sont polymerises pour produire un homopolyme- 
re d'6thylene ou copolymere ayant un indice d'^coulement de fusion plus faible et une densite* plus 



8 



EP 0 517 868 B1 



faible. 

Procede selon la revendication 2, caracterise en ce que le rapport entre I'hydrogene et I'ethyiene dans 
la premiere etape se situe dans la plage de 0-1 mole/mole, de preference dans la plage de 0-0,5 
mole/mole. 

Procede selon Tune quelconque des revendications precedentes, caracterise en ce que I'agent 
d'hydrocarbure inerte est choisi dans le groupe comprenant le propane, le butane, le pentane, I'hexane, 
I'heptane et I'octane. 

Procede selon la revendication 4, caracterise en ce que I'agent d'hydrocarbure inerte est le propane. 

Procede selon Tune quelconque des revendications precedentes, caracterise en ce que la polymerisa- 
tion dans le reacteur en boucle (10) s'effectue a une temperature de 75-110 *C et a une pression de 
40-90 bars. 

Procede selon Tune quelconque des revendications precedentes, caracterise en ce que la polymerisa- 
tion dans le reacteur en boucle (10) s'effectue dans des conditions surcritiques, moyennant quoi la 
temperature et la pression de polymerisation se situent au-dessus des points critiques correspondants 
du melange forme par I'agent d'hydrocarbure, monomere, hydrogene et comonomere facultatif et la 
temperature de polymerisation est inferieure au point de fusion du polymere forme. 

Proc£de* selon la revendication 7, caracterise en ce que la polymerisation dans le reacteur en boucle 
(10) s'effectue a une temperature de 85-1 10 °C et a une pression de 60-90 bars. 
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